Abstract: Several Ni catalysts of supported (on La 2 O 3 -αAl 2 O 3 , CeO 2 , and CeO 2 -ZrO 2 ) or bulk types (Ni-La perovskites and NiAl 2 O 4 spinel) have been tested in the oxidative steam reforming (OSR) of raw bio-oil, and special attention has been paid to the catalysts' regenerability by means of studies on reaction-regeneration cycles. The experimental set-up consists of two units in series, for the separation of pyrolytic lignin in the first step (at 500 • C) and the on line OSR of the remaining oxygenates in a fluidized bed reactor at 700 • C. The spent catalysts have been characterized by N 2 adsorption-desorption, X-ray diffraction and temperature programmed reduction, and temperature programmed oxidation (TPO). The results reveal that among the supported catalysts, the best balance between activity-H 2 selectivity-stability corresponds to Ni/La 2 O 3 -αAl 2 O 3 , due to its smaller Ni 0 particle size. Additionally, it is more selective to H 2 than perovskite catalysts and more stable than both perovskites and the spinel catalyst. However, the activity of the bulk NiAl 2 O 4 spinel catalyst can be completely recovered after regeneration by coke combustion at 850 • C because the spinel structure is completely recovered, which facilitates the dispersion of Ni in the reduction step prior to reaction. Consequently, this catalyst is suitable for the OSR at a higher scale in reaction-regeneration cycles.
Introduction
The world energy industrial sector is in a technological transition stage from the traditional processes for obtaining energy from non-renewable sources (oil, coal, natural gas) towards new sustainable and environmentally friendly processes, with the objective of attaining in the middle-term a neutral balance of greenhouse gases emissions. In this scenario, the development of sustainable H 2 production technologies plays a significant role [1] [2] [3] , with a special interest in the routes from lignocellulosic biomass [4, 5] due to its high availability and whose valorisation does not interfere in the feeding chain. Among these routes from biomass, great attention is paid to the H 2 production by steam reforming (SR) of bio-oil, the liquid product from the pyrolysis of lignocellulosic biomass [6] [7] [8] . Bio-oil can be obtained in a decentralised way by means of fast pyrolysis, with simple and environmentally friendly technologies, which are in industrialisation development [9] . In spite of its renewable nature, the low content of S and N, and neutral CO 2 balance for combustion, bio-oil is not suitable for direct use as a fuel due to its instability and properties (such as high water and oxygen content, acidity, corrosiveness and low viscosity). Consequently, several processes have been proposed for stabilizing, conditioning and up-grading bio-oil in order to convert it into platform chemicals (olefins and BTX), liquid fuels or H 2 [10] [11] [12] . Thus, the bio-oil produced in decentralised pyrolysis units can be subsequently transported to a centralized unit for H 2 production. This transport is more economical than that of the biomass, due to the higher density of bio-oil [13] . Compared to other routes for valorising bio-oil, steam reforming has the additional advantage that it does not require water separation.
The SR of bio-oil is a highly endothermic reaction [6, 8, 14] that follows the general stoichiometry of oxygenates reforming, Equation (1) , and considering the water gas shift reaction, Equation (2) , the complete stoichiometry of this overall reaction is given by Equation (3). 
The addition of oxygen together with water promotes the partial oxidation of some compounds in the reaction medium, thus decreasing the energy requirements for the endothermic steam reforming reaction, although to the expense of a lower H 2 production. This reaction is known as oxidative steam reforming (OSR) (Equation (4)) and with a suitable ratio of O 2 /steam/carbon in the feed, a thermoneutral regime can be achieved [14, 15] .
C n H m O k + αO 2 + (2n − 2α − k)H 2 O → (2n − 2α − k + m/2)H 2 + nCO 2 (4) In addition to the reforming reaction, secondary reactions (cracking/decomposition methanation, Boudouard reaction) can also take place, thus decreasing the potential H 2 production.
Due to the difficulty in handling bio-oil because of its complex nature (a mixture with more than 300 oxygenated compounds belonging to different families), the SR and OSR has been extensively studied with pure oxygenates, mainly ethanol [16] [17] [18] , and OSR experimental studies with raw bio-oil have been scarcely addressed in the literature [19, 20] . Remiro et al. [15] reported the better performance in the OSR of raw bio-oil at 700 • C of a Rh/CeO 2 -ZrO 2 catalyst over a supported Ni/La 2 O 3 -αAl 2 O 3 catalyst due to the higher activity and stability of the former. The higher stability of the Rh catalyst was attributed to a lower encapsulating coke deposition and much lower metal sintering compared to the Ni catalyst. Nevertheless, in the conditions needed for attaining high bio-oil conversion (above 600 • C), the Rh/CeO 2 -ZrO 2 catalyst suffers structural changes, both in the Rh species and in the support (aging) [21] , which is a handicap for the total recovery of its activity subsequent to regeneration by total coke removal by combustion with air [22] . This fact, together with the high cost of the Rh-based catalyst, advice us to continue searching for cheaper catalysts with suitable performance in the OSR of raw bio-oil.
With this background, the objective of this work has been the selection of a suitable catalyst for the OSR of raw bio-oil, based on the best compromise between activity, H 2 selectivity, and stability in the selected reaction conditions, but paying special attention to its capacity for activity recovery after regeneration, as this is a key factor for the industrial viability of the process which has been scarcely studied in the literature. For that purpose, Ni-based catalysts have been selected due to their good performance for reforming of oxygenated compounds and lower cost compared to noble metal catalysts. The catalysts studied include (i) supported catalysts, prepared in the laboratory with different supports (La 2 O 3 -Al 2 O 3 , CeO 2 , CeO 2 -ZrO 2 ) and a commercial catalyst (G90) for comparison. The variety of studied supports has allowed analysing the relevance of the metal-support interaction on the Ni catalyst properties and, consequently, on their catalytic behaviour, and; (ii) bulk catalysts, of Ni-La perovskite-type (LaNiO 3 and L 2 NiO 4 ) and Ni-Al spinel type (NiAl 2 O 4 ). The estate of Ni and the metal-support interaction will affect the ability for the adsorption of the chemical compounds in the reaction medium and, consequently, their reactivity. Thus, Politano and Chiarello [23] have proven the relevance of the co-adsorption of other compounds in the reaction medium on the adsorption of CO on Ni sites, with the formation of intermediate COH with the adsorbed H. This complex behaviour of Ni sites makes the interpretation of the results difficult. The experimental runs were carried out in an experimental device with two units in series (thermal step and catalytic step, the latter in fluidized bed reactor), whose adequacy for SR and OSR of aqueous and raw bio-oil has been previously proven, as it minimizes operating problems (such as plugging of reactor piping) as well as catalyst deactivation in the reforming step [15, 21, 22, [24] [25] [26] [27] . The properties of the catalysts have been determined with different techniques (N 2 adsorption-desorption, Temperature Programmed Reduction (TPR), X-ray Diffraction (XRD)), in order to explain the differences in the kinetic behaviour of the catalysts. The activity recovery has been studied by means of reaction-regeneration cycles, with regeneration involving combustion with air for complete coke removal. Tables 1 and 2 show the physical properties (BET Surface, pore volume, and mean pore diameter) of the supported and bulk catalysts, respectively, obtained from the corresponding N 2 adsorption-desorption isotherms. The differences in the physical properties of the supported catalysts (Table 1) can be attributed to the differences in their corresponding support, with the BET surface of CeO 2 support (Ce) (191.8 m 2 g −1 ) being much higher than that of La 2 O 3 -αAl 2 O 3 (LaAl) and the CeO 2 -ZrO 2 (CeZr) supports (41.4 m 2 g −1 and 47.5 m 2 g −1 , respectively). Consequently, the Ni/Ce catalyst has the higher porosity, with the values of BET Surface, pore volume, and pore diameter (159.2 m 2 g −1 , 0.312 cm 3 g −1 and 8.2 nm, respectively) lower than the Ce support due to the partial blockage by Ni [28] . The decrease in the support accessibility after impregnation is also observed for the Ni catalysts supported on CeZr and on LaAl, in accordance with the literature [29] [30] [31] . For Ni/CeZr catalysts, an increase in the Ni content involves a decrease in surface area and pore volume, but the mean pore diameter increases slightly compared to the support due to the blockage of the pores of lower diameter. The Ni commercial catalyst, G90, has the lower specific surface area and pore volume among the studied supported catalysts. The low values of BET surface area observed in Table 2 for the Ni-La perovskites are characteristic for these materials with low porosity [32, 33] . Nevertheless, there are differences between the two types of perovskites due to the meso-macroporosity of LaNiO 3 catalyst, so that the meso-macropore volume of this catalyst (0.068 cm 3 g −1 , calculated as the difference between total pore volume and that of micropore) is significantly higher than that of La 2 NiO 4 catalyst (0.012 cm 3 g −1 ). The BET surface area of the Ni-Al spinel type catalyst is significantly higher than those of the perovskite-type, and it is also noticeably higher than that of supported catalysts, except Ni/Ce. 2 show the TPR profiles of the supported and bulk catalysts, respectively. From these profiles, the reduction temperature for each catalyst has been selected ( Table 4 in Section 4) in order to obtain the metal active species (Ni 0 ).
Results

Catalyst Properties
Physical Properties (N 2 Adsorption-Desorption)
The TPR profiles of the Ni supported catalysts differ depending on the Ni content and on the support (Figure 1 ), Ni/LaAl and G90 being those requiring a higher temperature for the reduction of all the oxidized metal species. These results give evidence of the important role of the support and the metal-support interaction on the metal reducibility, so that the Ni-Al 2 O 3 interactions are stronger than the interactions of Ni with CeO 2 and/or ZrO 2 oxides [34, 35] . 2 show the TPR profiles of the supported and bulk catalysts, respectively. From these profiles, the reduction temperature for each catalyst has been selected ( Table 4 in Section 4) in order to obtain the metal active species (Ni 0 ).
The TPR profiles of the Ni supported catalysts differ depending on the Ni content and on the support (Figure 1 ), Ni/LaAl and G90 being those requiring a higher temperature for the reduction of all the oxidized metal species. These results give evidence of the important role of the support and the metal-support interaction on the metal reducibility, so that the Ni-Al2O3 interactions are stronger than the interactions of Ni with CeO2 and/or ZrO2 oxides [34, 35] . Two wide and asymmetric reduction domains are observed for Ni/LaAl catalyst: the reduction to Ni 0 of surface NiO with low interaction with the support takes place in the 250-370 °C range, whereas the band between 370-700 °C corresponds to the reduction to Ni 0 of well dispersed NiOx species, probably of an amorphous nature and with high interaction with the support [25] . A reduction peak of low intensity is also observed above 700 °C for the Ni/LaAl catalyst that corresponds to the reduction to Ni 0 of the Ni 2+ in the spinel phase (NiAl2O4), whose low intensity is explained by its low calcination temperature (550 °C) because the formation of the spinel requires higher temperatures [25, 36] . The commercial catalyst G90 has the main reduction peak with a maximum near 420 °C, attributed to the reduction of NiO with a slight interaction with the αAl2O3 Two wide and asymmetric reduction domains are observed for Ni/LaAl catalyst: the reduction to Ni 0 of surface NiO with low interaction with the support takes place in the 250-370 • C range, whereas the band between 370-700 • C corresponds to the reduction to Ni 0 of well dispersed NiO x species, probably of an amorphous nature and with high interaction with the support [25] . A reduction peak of low intensity is also observed above 700 • C for the Ni/LaAl catalyst that corresponds to the reduction to Ni 0 of the Ni 2+ in the spinel phase (NiAl 2 O 4 ), whose low intensity is explained by its low calcination temperature (550 • C) because the formation of the spinel requires higher temperatures [25, 36] . The commercial catalyst G90 has the main reduction peak with a maximum near 420 • C, attributed to the reduction of NiO with a slight interaction with the αAl 2 O 3 support, and a peak near 680 • C probably related to the reduction of Ni 2+ in the NiAl 2 O 4 phase, according to the composition given by the provider (Sud-Chemie). The Ni/Ce catalyst has two reduction peaks, a minority and wide peak below 250 • C and a main peak in the 250-400 • C range, which correspond to the reduction of the NiO species with different interaction strengths with CeO 2 support [37] . Moreover, the possible reduction of the CeO 2 support around 400 • C should be also taken into account, and this reduction peak can overlap the NiO reduction peak as a consequence of the "spillover" phenomena [38, 39] . The reduction peak with a maximum at 360 • C for Ni catalysts supported on CeO 2 -ZrO 2 corresponds to the reduction of NiO interacting with the support. In the catalyst with higher Ni content (15Ni/CeZr), there is another reduction peak at lower temperature (with a maximum below 300 • C), that can be attributed to the reduction of free NiO species or with weak metal-support interaction [40, 41] , probably due to the high metal content in the catalyst.
In the Ni-La perovskite-type catalysts, two well-differenced reduction bands are observed (Figure 2 ), that shift towards higher temperature for the La 2 NiO 4 catalyst, which evidences a higher interaction between Ni and La 2 O 3 compared to the LaNiO 3 catalyst [42] . For the latter, the two reduction bands, with maximum at 280 and 420 • C, correspond to the reduction of the LaNiO 3 precursor in two consecutive steps: firstly, the reduction of Ni 3+ species to Ni 2+ takes place, thus forming La 2 Ni 2 O 5 , which is reduced in the second step at higher temperature to form Ni 0 and La 2 O 3 [43] [44] [45] . Nevertheless, there is no agreement in the literature concerning the assignment of reduction peaks for the La 2 NiO 4 catalyst. Thus, some authors attribute the first peak to the reduction of Ni 3+ to Ni 2+ and the second peak to the reduction of Ni 2+ to Ni 0 [46, 47] , but others assume that firstly there is a reduction of the excess oxygen in the La 2 NiO 4+δ phase, and that the reduction of the resulting La 2 NiO 4 phase takes place in one step, near 600 • C [48, 49] . reduction peaks, a minority and wide peak below 250 °C and a main peak in the 250-400 °C range, which correspond to the reduction of the NiO species with different interaction strengths with CeO2 support [37] . Moreover, the possible reduction of the CeO2 support around 400 °C should be also taken into account, and this reduction peak can overlap the NiO reduction peak as a consequence of the "spillover" phenomena [38, 39] . The reduction peak with a maximum at 360 °C for Ni catalysts supported on CeO2-ZrO2 corresponds to the reduction of NiO interacting with the support. In the catalyst with higher Ni content (15Ni/CeZr), there is another reduction peak at lower temperature (with a maximum below 300 °C), that can be attributed to the reduction of free NiO species or with weak metal-support interaction [40, 41] , probably due to the high metal content in the catalyst.
In the Ni-La perovskite-type catalysts, two well-differenced reduction bands are observed (Figure 2 ), that shift towards higher temperature for the La2NiO4 catalyst, which evidences a higher interaction between Ni and La2O3 compared to the LaNiO3 catalyst [42] . For the latter, the two reduction bands, with maximum at 280 and 420 °C, correspond to the reduction of the LaNiO3 precursor in two consecutive steps: firstly, the reduction of Ni 3+ species to Ni 2+ takes place, thus forming La2Ni2O5, which is reduced in the second step at higher temperature to form Ni 0 and La2O3 [43] [44] [45] . Nevertheless, there is no agreement in the literature concerning the assignment of reduction peaks for the La2NiO4 catalyst. Thus, some authors attribute the first peak to the reduction of Ni 3+ to Ni 2+ and the second peak to the reduction of Ni 2+ to Ni 0 [46, 47] , but others assume that firstly there is a reduction of the excess oxygen in the La2NiO4+δ phase, and that the reduction of the resulting La2NiO4 phase takes place in one step, near 600 °C [48, 49] . The NiAl2O4 spinel catalyst has the main reduction peak with a maximum at 800 °C in Figure 2 , corresponding to the reduction of Ni +2 ions incorporated in the spinel structure, which require high temperatures for breaking the strong bonds [25, 50] . The presence of a smaller band with a maximum near 450 °C, corresponding to the reduction to Ni 0 of the NiO with a high interaction with the support, but not being part of the spinel structure, can be due to the use of an excess of Ni or defect of Al in the synthesis of this catalyst. It could be also attributed to the difficulty of the auto-combustion method for attaining a complete reaction between NiO and Al2O3 so that Ni is not completely incorporated in the NiAl2O4 spinel structure. The NiAl 2 O 4 spinel catalyst has the main reduction peak with a maximum at 800 • C in Figure 2 , corresponding to the reduction of Ni +2 ions incorporated in the spinel structure, which require high temperatures for breaking the strong bonds [25, 50] . The presence of a smaller band with a maximum near 450 • C, corresponding to the reduction to Ni 0 of the NiO with a high interaction with the support, but not being part of the spinel structure, can be due to the use of an excess of Ni or defect of Al in the Figure 3 shows the X-ray diffractograms for the supported catalysts prior and after reduction (fresh or reduced, respectively), whereas those corresponding to the bulk catalysts are shown in Figure 4 . Up to five phases are observed for the Ni/LaAl catalyst, depending on the oxidation state of the sample (Figure 3 ). Al 2 O 3 , NiAl 2 O 4 , and LaAlO 3 phases are observed in both states (oxidized and reduced), whereas NiO is only observed in the oxidized simple and Ni 0 is only present in the reduced sample. The small fraction of NiAl 2 O 4 identified in this catalyst (whose formation is incipient in the calcination at 550 • C [25] ) is coherent with the small shoulder above 700 • C observed in the TPR profile of this catalyst (Figure 1 ). This oxidized species remains in the reduced simple because its reduction to Ni 0 requires a temperature above 700 • C. reduced), whereas NiO is only observed in the oxidized simple and Ni 0 is only present in the reduced sample. The small fraction of NiAl2O4 identified in this catalyst (whose formation is incipient in the calcination at 550 °C [25] ) is coherent with the small shoulder above 700 °C observed in the TPR profile of this catalyst ( Figure 1 ). This oxidized species remains in the reduced simple because its reduction to Ni 0 requires a temperature above 700 °C. The diffraction peaks corresponding to NiO (fresh samples) and Ni 0 (reduced samples) are also observed for the catalysts supported on Ce or CeZr (Ni/Ce, 5Ni/CeZr, and 15Ni/CeZr), although the peaks of these phases for 5Ni/CeZr catalyst are of low intensity due to its low Ni content (5 wt %). Peaks corresponding to CeO2 phase are also identified in the diffractograms of the three catalysts, which are characteristic of the fluorite structure [51, 52] . The doping of CeO2 with ZrO2 (5/NiCeZr and 15Ni/CeZr catalysts) slightly shifts the peaks of the CeO2 support towards higher values of diffraction The only phase observed in the X-ray diffractogram of the LaNiO3 perovskite prior to reduction is LaNiO3 (Figure 4) , which evidences the efficiency of the auto-combustion method used for obtaining this catalyst. Nevertheless, in the X-ray diffractogram of the La2NiO4 perovskite, the presence of La2O3 species is observed, together with La2NiO4, which could be due to the need of a higher calcination temperature or to a defect in the amount of the fuel (glycine) in the synthesis by auto-combustion, which hampers the compete combustion reaction [56] . After the reduction of both perovskite-type catalysts, the only species observed are Ni 0 and La2O3. The X-ray diffractogram of the fresh NiAl2O4 catalyst shows diffraction peaks corresponding to two different Ni species, NiAl2O4 and NiO, in agreement with the TRP profile in Figure 2 The only phase observed in the X-ray diffractogram of the LaNiO 3 perovskite prior to reduction is LaNiO 3 (Figure 4 ), which evidences the efficiency of the auto-combustion method used for obtaining this catalyst. Nevertheless, in the X-ray diffractogram of the La 2 NiO 4 perovskite, the presence of La 2 O 3 species is observed, together with La 2 NiO 4 , which could be due to the need of a higher calcination temperature or to a defect in the amount of the fuel (glycine) in the synthesis by auto-combustion, which hampers the compete combustion reaction [56] . After the reduction of both perovskite-type catalysts, the only species observed are Ni 0 and La 2 O 3 . The X-ray diffractogram of the fresh NiAl 2 O 4 catalyst shows diffraction peaks corresponding to two different Ni species, NiAl 2 O 4 and NiO, in agreement with the TRP profile in Figure 2 , whereas in the diffractogram of the reduced sample the only species identified are Ni 0 and Al 2 O 3 , which proves the complete reduction of Ni 2+ in the spinel phase to Ni 0 .
By means of the Scherrer equation, the average Ni 0 crystallite size has been determined for all the catalysts (Table 3 ). The value corresponding to the diffraction angle 2θ = 51.8 has not been estimated for 5Ni/CeZr catalyst due to the low intensity of the corresponding diffraction peak. This value is not shown for the perovskites either, because the peak corresponding to La 2 O 3 phase overlaps and interferes highly with the signal. The lower Ni 0 particle size corresponds to the Ni/LaAl catalyst, with an average size near 8 nm. The average particle size for the rest of the catalysts is significantly higher, which evidences the stabilizing effect of the LaAl support (mainly the La 2 O 3 phase), which attenuates the aggregation of metal particles during the reduction [57, 58] . The increase in Ni content from 5 to 15 wt % disfavours its dispersion in the CeZr support, with an increase in the average crystallite size from 21.4 to 34.2 nm. Regarding the bulk catalysts, the perovskites have a crystallite size lower than the NiAl 2 O 4 spinel, which is coherent with the previously mentioned stabilizing effect of La 2 O 3 for attenuating the agglomeration of the metal. The higher crystallite size in the LaNiO 3 catalyst (14.2 nm) compared to the La 2 NiO 4 catalyst (11.6 nm), has been also previously observed by Guo et al. [42] , who attributed this result to the higher content of Ni in the LaNiO 3 catalysts, which hinders its dispersion. 
Performance of the Catalysts
The performance of the catalysts in the OSR of raw bio-oil has been compared under the operating conditions indicated in Section 4.3, which were selected according to the previous results on the SR and OSR of bio-oil [15, 21, 26, 27] . These conditions (700 • C, S/C = 6, O/C = 0.34, with low space-time values) provide high bio-oil conversion and H 2 yield, but with quite a rapid deactivation of the catalysts (due to the low space-time), in order to allow a rapid comparison of the catalysts stability. The results corresponding to the supported catalyst are presented in Section 2.2.1, whereas those corresponding to the bulk catalysts (together with the best-supported catalyst) are compared in Section 2.2.2.
Supported Catalysts
The evolution with time on stream of bio-oil oxygenates conversion (Figure 5a Firstly, the difference in the products yield at zero time on stream for the catalysts supported on CeZr with respect to the rest of the Ni supported catalysts is remarkable. Thus, the yields of H2 (~60%, Figure 5b ) and CO2 (~77%, Figure 5c ) are noticeably lower than those obtained with Ni/LaAl, Ni/Ce and G90 catalysts (in the range 74-78% for H2 and 89-94% for CO2), whereas the yields of CO, CH4 and HCs are higher (Figure 5d ,e). These differences give evidence that the synthetized Ni/CeZr catalysts are less active for oxygenates reforming reactions and WGS reaction, and also for the reforming of the by-products (CH4 and HCs) formed by the decomposition/cracking of oxygenates. Moreover, in the studied conditions, the variation in the Ni content in the catalysts supported on CeO2-ZrO2 does not have a relevant effect on the initial products distribution, but it only affects the catalysts deactivation rate. Thus, as expected, the deactivation rate is apparently attenuated when the Ni content is increased due to the higher extent of reaction when the number of active sites is increased (that is, when operating more close to the thermodynamic regime). Consequently, the differences in the products selectivity at zero time on stream observed in Figure 5 should be attributed As observed, all the catalysts are highly active for the OSR of raw bio-oil at zero time on stream, with complete or almost complete bio-oil conversion (Figure 5a ). Nevertheless, important differences are observed in the products distribution, H 2 selectivity, and the stability for the different catalysts.
Firstly, the difference in the products yield at zero time on stream for the catalysts supported on CeZr with respect to the rest of the Ni supported catalysts is remarkable. Thus, the yields of H 2 (~60%, Figure 5b ) and CO 2 (~77%, Figure 5c ) are noticeably lower than those obtained with Ni/LaAl, Ni/Ce and G90 catalysts (in the range 74-78% for H 2 and 89-94% for CO 2 ), whereas the yields of CO, CH 4 and HCs are higher (Figure 5d ,e). These differences give evidence that the synthetized Ni/CeZr catalysts are less active for oxygenates reforming reactions and WGS reaction, and also for the reforming of the by-products (CH 4 and HCs) formed by the decomposition/cracking of oxygenates. Moreover, in the studied conditions, the variation in the Ni content in the catalysts supported on CeO 2 -ZrO 2 does not have a relevant effect on the initial products distribution, but it only affects the catalysts deactivation rate. Thus, as expected, the deactivation rate is apparently attenuated when the Ni content is increased due to the higher extent of reaction when the number of active sites is increased (that is, when operating more close to the thermodynamic regime). Consequently, the differences in the products selectivity at zero time on stream observed in Figure 5 should be attributed to the different supports and not to the Ni content, which evidences the support contribution in the reaction mechanism.
Attending to catalysts stability, the similar evolution with time on the stream of the reaction indices in Figure 5 for the Ni/LaAl, Ni/Ce, and G90 catalysts is remarkable. Thus, after an initial stable period (in which the reaction indices are almost constant-as there is an excess of the catalyst in these conditions) there is a rapid deactivation period (breakthrough curves). In this deactivation period, there is a rapid decrease in conversion and yields of H 2 and CO 2 , and in parallel a rapid increase in the yields of CO, CH 4 and HCs up to a maximum, which gives evidence that deactivation noticeably affects the oxygenates reforming and WGS reactions, and also the reforming of CH 4 and HCs. Nevertheless, it is interesting to note that, in general, the increase in the yield of HCs with the time on stream slightly delayed with respect to the increase in CH 4 yield, seems to indicate that the CH 4 reforming reaction is more affected by deactivation than the HCs reforming reaction, because the former requires a more active catalyst. Moreover, a last period, with very slow and progressive deactivation, is observed (subsequent to the maximum in the yields of CO, CH 4 and HCs) with the reaction indices slowly approaching the values corresponding to the thermal routes (without a catalyst), which are those depicted with dashed lines. With the commercial G90 catalyst, the initial stable period is shorter and the subsequent variation with the time on stream of the reaction indices is faster than with the synthetized Ni/LaAl and Ni/Ce catalysts, which evidences the more rapid deactivation of the commercial catalyst. The initial stable period is slightly shorter for the Ni/LaAl catalyst than for the Ni/Ce catalyst, which could be attributed to the lower Ni content in the former, although the difference is small. Moreover, it is remarkable that the slope of the breakthrough curve is less abrupt with the Ni/LaAl catalyst, which indicates a slower deactivation rate for this catalyst.
The evolution with the time on stream of the reaction indices for the Ni/CeZr catalysts in Figure 5 is significantly different to that previously commented. Thus, a progressive and slower decrease in bio-oil oxygenates conversion and yields of the main products (H 2 and CO 2 ) is observed from the beginning of the reaction, and in parallel an increase in the yields of by-products (CO, CH 4 and HCs), with a slower variation in the reaction indices (and, consequently, a slower deactivation) for a higher Ni content.
The residual activity of the catalysts at the end of the runs should be noted so that the bio-oil conversion and the yields of products are significantly different from the values corresponding to the thermal routes (dashed lines, runs without catalyst), which indicates that the catalysts are not completely deactivated. Thus, the high CO yields for the Ni/LaAl, G90 and Ni/Ce catalysts indicate that these catalysts keep a residual activity for oxygenates reforming reactions and a high activity for the oxygenates cracking/decomposition reaction, in which CO is formed, together with H 2 , CH 4 , and HCs.
Attending to the results in Figure 5 , it can be concluded that, among the studied Ni supported catalysts, the best performance in the OSR of raw bio-oil corresponds to Ni/LaAl, as it provides the better compromise between activity-H 2 -selectivity-stability.
Bulk Catalysts
The behaviour in the OSR of raw bio-oil of the bulk Ni-La perovskites (the LaNiO 3 and La 2 NiO 4 catalysts) and the NiAl 2 O 4 spinel catalyst is shown in Figure 6 (conversion of oxygenates in bio-oil (Figure 6a ), H 2 yield (Figure 6b) and yield of the carbon products (Figure 6c-f) ). In these graphs, the results for Ni/LaAl catalyst are also shown, as it has the better performance among the supported catalysts according to the results in the previous section. Attending to the big differences in the metal content for the bulk catalysts, the comparison of their performance has been assessed in experiments with the same value of space-time referred to the metal content in the catalyst (0.03 g Ni h(g bio-oil ) −1 ).
. This result evidences the lower activity of the Ni-La perovskite catalysts for the CH4 reforming reaction and, moreover, the importance of Al2O3 support for promoting this reaction [59] . Nevertheless, the perovskite catalysts are highly active for the reforming of light hydrocarbons, whose yield at zero time on stream is negligible, similarly to the Ni/LaAl and NiAl2O4 catalysts. Regarding the bulk catalysts stability, the results in Figure 6 evidence that LaNiO3 perovskite deactivates much more rapidly than the rest of the catalysts. Guo et al. [42] also observed a higher activity and stability of La2NiO4 perovskite over LaNiO3 perovskite in the partial oxidation of methane, which was attributed to the stronger interaction between Ni and La2O3 in the La2NiO4 catalyst and its lower acidity, which caused a lower coke deposition. As observed, the LaNiO 3 catalyst is less active than the other three catalysts as it does not reach total bio-oil conversion at zero time on stream (Figure 6a) , and it has the lowest H 2 yield. An important difference is also observed in the products distribution at zero time on stream with the two perovskite-type catalysts compared to the supported Ni/LaAl and bulk NiAl 2 O 4 spinel catalysts. Thus, with the former, the CH 4 yield is noticeable higher (around 0.05, whereas it is almost null for the Ni/LaAl and NiAl 2 O 4 spinel catalyst), and, consequently, the H 2 yield is lower (between 0.63-0.71 for the perovskite catalysts, whereas it is 0.74 and 0.77 for Ni/LaAl and NiAl 2 O 4 , respectively). This result evidences the lower activity of the Ni-La perovskite catalysts for the CH 4 reforming reaction and, moreover, the importance of Al 2 O 3 support for promoting this reaction [59] . Nevertheless, the perovskite catalysts are highly active for the reforming of light hydrocarbons, whose yield at zero time on stream is negligible, similarly to the Ni/LaAl and NiAl 2 O 4 catalysts.
Regarding the bulk catalysts stability, the results in Figure 6 evidence that LaNiO 3 perovskite deactivates much more rapidly than the rest of the catalysts. Guo et al. [42] also observed a higher activity and stability of La 2 NiO 4 perovskite over LaNiO 3 perovskite in the partial oxidation of methane, which was attributed to the stronger interaction between Ni and La 2 O 3 in the La 2 NiO 4 catalyst and its lower acidity, which caused a lower coke deposition.
To sum up, the results in this section give evidence that the Ni/LaAl catalyst has a better performance in the OSR del raw bio-oil than the bulk catalysts studied, both concerning the conversion and H 2 selectivity (especially compared to LaNiO 3 perovskite) and the catalyst stability (when compared to the La 2 NiO 4 perovskite and NiAl 2 O 4 spinel catalysts). Among the bulk catalysts, the NiAl 2 O 4 spinel catalyst has a more interesting behaviour for the OSR of bio-oil, because of its higher H 2 selectivity compared to the perovskite-type catalysts, although it deactivates slightly faster than the La 2 NiO 4 perovskite.
Analysis of Coke Deposition (Temperature Programmed Oxidation (TPO))
The coke deposited on the deactivated catalysts has been analysed by temperature programmed oxidation (TPO) analysis. This technique provides information concerning the total coke content and the nature and/or location of the deposited coke (based on the position of the combustion peaks in the TPO profile), which is of interest for relating it with the deactivation rate and with the properties of the catalysts. It is well established that the deposition of coke is the main deactivation cause in the reforming of pure oxygenates and of bio-oil [60] . Moreover, the TPO profile provides information on the minimum temperature required for assuring total coke removal, which will be necessary in order to recover the activity of the fresh catalyst. Figure 7 shows the TPO profiles for some of the deactivated catalysts, specifically for Ni/LaAl and Ni/Ce (those with the better performance among the supported catalysts) and for the NiAl 2 O 4 spinel. To sum up, the results in this section give evidence that the Ni/LaAl catalyst has a better performance in the OSR del raw bio-oil than the bulk catalysts studied, both concerning the conversion and H2 selectivity (especially compared to LaNiO3 perovskite) and the catalyst stability (when compared to the La2NiO4 perovskite and NiAl2O4 spinel catalysts). Among the bulk catalysts, the NiAl2O4 spinel catalyst has a more interesting behaviour for the OSR of bio-oil, because of its higher H2 selectivity compared to the perovskite-type catalysts, although it deactivates slightly faster than the La2NiO4 perovskite.
The coke deposited on the deactivated catalysts has been analysed by temperature programmed oxidation (TPO) analysis. This technique provides information concerning the total coke content and the nature and/or location of the deposited coke (based on the position of the combustion peaks in the TPO profile), which is of interest for relating it with the deactivation rate and with the properties of the catalysts. It is well established that the deposition of coke is the main deactivation cause in the reforming of pure oxygenates and of bio-oil [60] . Moreover, the TPO profile provides information on the minimum temperature required for assuring total coke removal, which will be necessary in order to recover the activity of the fresh catalyst. Figure 7 shows the TPO profiles for some of the deactivated catalysts, specifically for Ni/LaAl and Ni/Ce (those with the better performance among the supported catalysts) and for the NiAl2O4 spinel. For all the catalysts, two different combustion domains are observed: the main peak burns at low temperature, in the 300-450 °C range, and the position of its maximum differs depending on the nature of the support, in the order Ni/Ce < NiAl2O4 < Ni/LaAl; the minority peak burns at high temperature, with a maximum near 600 °C. In the literature, the first peak is attributed to the combustion of encapsulating coke of amorphous nature and deposited on the metal sites (that catalyse the combustion reaction at a lower temperature), thus having a high impact on deactivation. For all the catalysts, two different combustion domains are observed: the main peak burns at low temperature, in the 300-450 • C range, and the position of its maximum differs depending on the nature of the support, in the order Ni/Ce < NiAl 2 O 4 < Ni/LaAl; the minority peak burns at high temperature, with a maximum near 600 • C. In the literature, the first peak is attributed to the combustion of encapsulating coke of amorphous nature and deposited on the metal sites (that catalyse the combustion reaction at a lower temperature), thus having a high impact on deactivation. The coke burning at high temperature is attributed to a more structured coke (with a high content of condensed polyaromatics) deposited on the support and, consequently, with a lower impact on deactivation [26, 27, 61] . The low content of coke deposited on the support for Ni/Ce catalyst could be explained by the redox properties of the CeO 2 support and its capacity for O 2 storage, which enhances the lattice oxygen exchange with O 2 in the gas phase and favours coke gasification during the reaction [62] . This property of CeO 2 could have a synergistic effect for promoting the combustion of encapsulating coke towards a lower combustion temperature.
From the results in Figure 7 , it is concluded that 650 • C is the temperature at which occurs the complete removal-by combustion with air-of the coke deposited in the deactivated catalysts.
Regenerability of the Catalyst
The recovery of activity after the coke combustion has been determined by comparing the evolution with the time on stream of the reaction indices obtained with the regenerated catalyst to those of the fresh catalyst, with runs under reaction-regeneration cycles. The regeneration has consisted of coke combustion with air at a temperature that assures the total removal of coke, as it is assumed to be the main cause of deactivation in reforming processes. Firstly, the combustion was carried out in the fluidized bed reactor at 650 • C, as this is the minimum temperature necessary according to the results in Figure 7 . The comparison of the reaction indices (bio-oil conversion and yields of H 2 and CO 2 ) for the fresh catalyst (1st reaction) and the regenerated catalyst (2nd reaction) for the supported and the bulk catalysts is shown in Figures S1 and S2 , respectively, of the Supplementary Material. These figures evidence that, although coke is completely removed, none of the studied Ni catalyst recovers the initial activity corresponding to the fresh catalyst after coke combustion with air in the fluidized bed reactor at 650 • C. Thus, the initial values of bio-oil conversion and H 2 yield for the regenerated catalysts are only slightly higher to those obtained at the end of the first reaction, and similar to those obtained for an intermediate time on stream value in the first reaction. Other authors have also previously reported the difficulty for activity recovery after different regeneration strategies for Ni-based catalysts used in the reforming of oxygenates [63] [64] [65] .
The aforementioned results evidence that a regeneration treatment consisting of coke combustion at 650 • C is not efficient for the recovery of the activity of the studied Ni catalysts, which could be due to several causes. On the one hand, the existence of an additional deactivation cause, besides coke deposition, such as Ni sintering due to the high temperature and water content in the reaction medium [61, 66] ; on the other hand, there could be metal loss due to the detachment during coke combustion of some Ni 0 particles located at the edges of the coke filaments. Consequently, the regeneration treatment should be able not only to remove coke but also to re-disperse the Ni particles, and moreover, the loss of Ni during the regeneration should be avoided.
Recently, Remiro et al. [66] have reported that a bulk NiAl 2 O 4 spinel catalyst prepared by co-precipitation completely recovered the activity of the fresh catalyst after a regeneration treatment consisting of coke combustion in an air atmosphere at 850 • C in an external oven. The activity recovery was attributed to the total recovery of the spinel structure of the fresh catalyst under these severe regeneration conditions, which favoured the reconstruction of the NiAl 2 O 4 spinel by reaction of NiO with Al 2 O 3 in the support. Subsequently, the reduction step of the spinel produced well-dispersed Ni 0 particles, whereas the reduction of the prevailing NiO species formed by a coke combustion at 650 • C produced Ni 0 particles of a higher size, and consequently, of lower activity. Based on these previous results, in this work, we have analysed the activity recovery of the bulk catalysts (perovskite La 2 NiO 4 and spinel NiAl 2 O 4 , prepared by auto-combustion in this study) subsequent to a regeneration treatment by coke combustion in an external oven at high temperature (850 • C), and the results are depicted in Figures 8 and 9 . In these figures, the evolution with the time on stream of bio-oil conversion and H 2 yield in the first reaction step (fresh catalysts) and subsequent reaction steps (regenerated), is plotted for spinel NiAl 2 O 4 ( Figure 8 ) and perovskite La 2 NiO 4 ( Figure 9 ). On the contrary, the comparison of the reaction indices in the first and second reaction step for the La2NiO4 perovskite ( Figure 9) shows that the activity recovered after the regeneration at 850 °C in an external oven is much higher than that recovered by regeneration at 650 °C in the fluidized bed reactor ( Figure S2a ), but it is not complete. This difficulty for restoring the metal species present in the fresh La2NiO4 catalyst after the regeneration by coke combustion with air has been proved by comparing the XRD profile of the fresh catalyst and the regenerated catalysts ( Figure 10 ). As observed in Figure 10 , there are differences between the fresh and the regenerated catalysts; in the latter, the presence of LaNiO3 is observed (whose lower activity compared to La2NiO4 has been proven in Section 2.2.2), which involves a lower activity for the regenerated catalyst. The XRD diffractogram of the catalyst regenerated at 850 °C in an external oven is more similar to that of the fresh catalyst than On the contrary, the comparison of the reaction indices in the first and second reaction step for the La2NiO4 perovskite ( Figure 9) shows that the activity recovered after the regeneration at 850 °C in an external oven is much higher than that recovered by regeneration at 650 °C in the fluidized bed reactor ( Figure S2a ), but it is not complete. This difficulty for restoring the metal species present in the fresh La2NiO4 catalyst after the regeneration by coke combustion with air has been proved by comparing the XRD profile of the fresh catalyst and the regenerated catalysts ( Figure 10 ). As observed in Figure 10 , there are differences between the fresh and the regenerated catalysts; in the latter, the presence of LaNiO3 is observed (whose lower activity compared to La2NiO4 has been proven in Section 2. The results in Figure 8 are in agreement with the results previously obtained by Remiro et al. [66] for the bulk spinel catalyst prepared by the co-precipitation method, and consequently, it can be deduced that the total activity recovery subsequent to the regeneration by coke combustion at 850 • C in the external oven (in an air atmosphere, without gas flow) is a general property of the bulk NiAl 2 O 4 spinel catalysts, regardless of the method for synthetizing the fresh catalyst.
On the contrary, the comparison of the reaction indices in the first and second reaction step for the La 2 NiO 4 perovskite (Figure 9) shows that the activity recovered after the regeneration at 850 • C in an external oven is much higher than that recovered by regeneration at 650 • C in the fluidized bed reactor (Figure S2a ), but it is not complete. This difficulty for restoring the metal species present in the fresh La 2 NiO 4 catalyst after the regeneration by coke combustion with air has been proved by comparing the XRD profile of the fresh catalyst and the regenerated catalysts ( Figure 10 ). As observed in Figure 10 , there are differences between the fresh and the regenerated catalysts; in the latter, the presence of LaNiO 3 is observed (whose lower activity compared to La 2 NiO 4 has been proven in Section 2.2.2), which involves a lower activity for the regenerated catalyst. The XRD diffractogram of the catalyst regenerated at 850 • C in an external oven is more similar to that of the fresh catalyst than that of the catalyst regenerated in the fluidized bed at 650 • C, although the presence of LaNiO 3 is also observed. These differences in the metal species are responsible for the different activity recovered after each regeneration treatment. It should be mentioned that the regeneration results at a high temperature have not been studied for the supported catalysts, as all of them were synthetized with a low calcination temperature (550 °C), and consequently, the combustion at a significantly higher temperature is expected to negatively affect the metallic structure of these catalysts.
Discussion
Attending to the results in Figure 5 , and considering the target of a better compromise between activity, H2 selectivity and stability, the following order of interest in the OSR of raw bio-oil can be established for the supported Ni catalysts:
This order can be related with the Ni 0 crystallite size in the catalysts, calculated from XRD diffractograms (Table 3) , and proves the relevance of this property of Ni catalyst in its activity and stability. Thus, the better performance corresponds to the Ni/LaAl catalyst, which has the lower average Ni particle size (≈8 nm) and, consequently a high specific metal surface, which is more important than the Ni content, which is lower (10 wt %) than in the Ni/Ce catalyst (15 wt %), and justifies that both have a similar initial activity in the bio-oil reforming. Moreover, the relationship between the rate of coke deposition (the main deactivation cause of Ni catalysts) and the Ni 0 crystallites size is well established in the literature [67] [68] [69] . The better performance of the Ni catalysts supported on Al2O3 with respect to those supported on CeO2-ZrO2 has been observed by other It should be mentioned that the regeneration results at a high temperature have not been studied for the supported catalysts, as all of them were synthetized with a low calcination temperature (550 • C), and consequently, the combustion at a significantly higher temperature is expected to negatively affect the metallic structure of these catalysts.
Attending to the results in Figure 5 , and considering the target of a better compromise between activity, H 2 selectivity and stability, the following order of interest in the OSR of raw bio-oil can be established for the supported Ni catalysts:
This order can be related with the Ni 0 crystallite size in the catalysts, calculated from XRD diffractograms (Table 3) , and proves the relevance of this property of Ni catalyst in its activity and stability. Thus, the better performance corresponds to the Ni/LaAl catalyst, which has the lower average Ni particle size (≈8 nm) and, consequently a high specific metal surface, which is more important than the Ni content, which is lower (10 wt %) than in the Ni/Ce catalyst (15 wt %), and justifies that both have a similar initial activity in the bio-oil reforming. Moreover, the relationship between the rate of coke deposition (the main deactivation cause of Ni catalysts) and the Ni 0 crystallites size is well established in the literature [67] [68] [69] . The better performance of the Ni catalysts supported on Al 2 O 3 with respect to those supported on CeO 2 -ZrO 2 has been observed by other authors in the reforming of oxygenates [70, 71] and CH 4 [72] . It is assumed that the interaction of NiO with CeO 2 -ZrO 2 support is weaker, which makes metal reduction easier, but also favours the agglomeration of the Ni crystallites in the reducing atmosphere. The lower Ni particles size in the Ni/LaAl catalyst than in Ni/Ce, in spite of the noticeably higher specific surface area of the Ce support compared to the LaAl support, gives evidence that, when preparing the catalysts by impregnation, the metal-support interaction (higher in Ni/LaAl catalyst) has a higher impact on the crystallites size than the specific surface area of the support. A higher size of Ni 0 crystallites involves a lower initial activity and a lower stability due to the more rapid coke deposition and also more rapid sintering of the Ni crystallites during the reaction.
The results in Figure 6 , also prove the better performance in the OSR of bio-oil of the Ni/LaAl catalyst compared to the bulk catalysts, with a stability of the catalysts in the order:
This order is also related to the average particle size of the Ni 0 crystallites (Table 3) , which has a relevant role in the activity and stability of the catalysts, as commented for the supported catalysts. Thus, the better performance of La 2 NiO 4 over LaNiO 3 is coherent with the lower average size of Ni 0 crystallites (11.6 and 14.2 nm, for the reduced La 2 NiO 4 and LaNiO 3 catalysts, respectively). Similarly, the higher stability of Ni/LaAl over the NiAl 2 O 4 spinel (both with a similar support) is coherent with the noticeable lower particle size for the former. Moreover, the effect of the support seems to be also relevant in the catalytic activity, so that a higher H 2 selectivity is obtained for the catalysts with Al 2 O 3 in the support over the Ni-La perovskites, because the former favours the methane reforming reaction.
As shown in Figures 5 and 6 , the deactivation of the catalysts in the OSR of raw bio-oil is unavoidable. Although it can be attenuated with operating conditions suitable for minimizing its possible causes (such as high space-time values and S/C ratios for minimizing coke deposition [27] ), the industrial development of the process will require using regeneration strategies that allow the complete recovery of the activity corresponding to the fresh catalyst. Consequently, together with a high activity, H 2 selectivity, and stability in the reaction, the regenerability of the catalyst (that is, the ability for recovering the activity of the fresh catalysts subsequent to a suitable regeneration strategy), is a key factor for the selection of the catalyst. The results in Section 2.3 prove that the total removal of coke is not enough for the recovery of the activity of the Ni catalysts used in the OSR of raw bio-oil, which should be attributed to the existence of other deactivation causes besides coke deposition, such as metal sintering or changes in the metal species. The sintering of Ni at 700 • C has been previously reported for Ni/LaAl catalyst used in the SR of bio-oil [15, 61] for the commercial G90 catalysts used in the SR of biomass pyrolysis volatiles [73] and for spinel NiAl 2 O 4 catalysts prepared by different methods and used in the OSR of bio-oil [66] . Besides the changes in the metallic structure originated in the reaction step, the effect of the operating conditions in the regeneration step upon the physical-chemical properties of the catalyst (especially the metal properties) should be also considered, as they would be responsible for the activity of the regenerated catalyst.
Remiro et al. [66] have proven the relevance of the operating conditions in the regeneration step by coke combustion on the metallic properties of two NiAl 2 O 4 spinel type catalysts (one of them obtained by calcination at 850 • C of a Ni/La 2 O 3 -Al 2 O 3 supported catalyst and the other was a bulk catalyst prepared by co-precipitation and also calcined at 850 • C) used in the OSR of raw bio-oil. It was proven that the temperature and the gas-solid contact in the regeneration by coke combustion have a significant effect in the formation of different oxidized Ni species (NiO and NiAl 2 O 4 ), which is a key factor for the redispersion of the Ni 0 active sites after the reduction and, consequently, for the recovery of the catalyst's activity. For both catalysts, coke combustion at high temperature (850 • C) in an external oven (air atmosphere, without catalyst motion or gas flux) promoted the creation of "hot spots" and enhanced the contact between NiO and Al 2 O 3 , which favoured their reassembly to form a NiAl 2 O 4 spinel phase in the regenerated catalyst, which after reduction resulted in small and well dispersed Ni 0 particles. On the contrary, when the regeneration was carried out by coke combustion with air in the fluidized bed reactor at lower temperatures, the prevailing Ni species in the regenerated catalyst was NiO, which after reduction formed large metal particles (of lower activity). Under these optimum regeneration conditions, the activity recovery of the bulk NiAl 2 O 4 spinel catalyst prepared by co-precipitation was complete, but partial for the supported catalyst, which proved the relevance of the structure of the fresh catalyst in its regenerability. This different activity recovery of both catalysts (supported and bulk) was explained by their different capability to retain the Ni surface species throughout a reaction-regeneration cycle so that the loss of Ni (mainly on the surface) was high for the supported catalyst.
In this work, the total recovery of activity subsequent to a regeneration treatment at high temperature (850 • C in an air atmosphere, but without gas flux) has been proved for a bulk spinel catalyst prepared by auto-combustion. This result evidences that the high activity recovery is a general characteristic of bulk spinel type catalysts, regardless of the procedure for synthetizing the bulk NiAl 2 O 4 spinel. Nevertheless, the bulk perovskite La 2 NiO 4 catalyst does not completely recover the activity corresponding to the fresh catalyst after regeneration by coke combustion at 850 • C, which should be attributed to the difficulty for completely restoring the initial metallic structure of the fresh catalyst. Similarly, the total recovery of activity for the supported catalysts is expected to be hampered by the difficulty in restoring the corresponding metallic structure of the corresponding fresh catalyst subsequent to the coke removal by combustion with air at a temperature higher than those used in the calcination and reduction of the catalysts.
From all these comments concerning the regenerability of the Ni-based catalysts, it can be concluded that the spinel NiAl 2 O 4 catalyst is the more suitable option for developing the reforming of bio-oil at an industrial level. This catalyst has a slightly lower activity and stability compared to the supported Ni/LaAl catalyst, but it allows a reproducible performance in successive reaction-regeneration cycles. On the contrary, the Ni/LaAl catalyst suffers from irreversible deactivation due to the difficulty for redispersing Ni particles subsequent to coke combustion, although the activity loss is expected to attenuate in successive reaction-regeneration cycles, thus tending towards a stationary state [63] .
Materials and Methods
Bio-Oil Production and Properties
The raw bio-oil was obtained by flash pyrolysis of pine sawdust at 480 • C, in a semi-industrial demonstration plant (Ikerlan-IK4 technology centre, Alava, Spain), with a biomass feeding capacity of 25 kg/h. The physical-chemical properties of the bio-oil are as follows: water content, 38 wt %; density at 25 • C, 1.107 g mL −1 ; viscosity at 40 • C, 11.2 cP; pH, 3.3; sulphur content, 31 ppm; empiric formula obtained by CHO analysis, C 4.21 H 7.14 O 2.65 (dry basis). The detailed raw bio-oil composition, determined by GC/MS analyser (Shimadzu QP2010S device, Kyoto, Japan) was previously reported [15] , with the main compounds being acids (33.83 wt %, with 25.25 wt % of acetic acid), ketones (22.63 wt %, with 15.53 wt % of 1-hidroxi-2-propanone), aldehydes (8.19 wt %, with 4.53 wt % hydroxiacetaldehyde), phenols (11.57 wt %), and sacarids (16.90 wt %, with 14.61 wt % levoglucosane). Table 4 gathers the simplified denomination of the synthesized catalysts, which have been grouped into supported (upon metal oxides, La 2 O 3 -αAl 2 O 3 , CeO 2 , and CeO 2 -ZrO 2 ) and bulk catalysts (with a Ni-Al spinel structure and Ni-La perovskite structure). The nominal metal content and the calcination and reduction temperatures (T C and T R , respectively) are also shown in Table 4 . 4 OH solution under continuous stirring until complete precipitation, at a pH near 9.5. The obtained material was heated up to 100 • C for 96 h, it was then centrifuged and washed with deionized water until the filtered water reaches a pH of 7. Finally, it was dried at 120 • C for 12 h and calcined at 500 • C for 12 h.
Synthesis and Characterization of the Catalysts
The CeO 2 -ZrO 2 support (CeZr), with mass ratio 80/20, was prepared from an aqueous solution with the corresponding stoichiometric amounts of Ce(NH 4 ) 2 (NO 3 ) 6 and ZrO(NO 3 ) 2 (35%, Sigma-Aldrich, St. Louis, MO, USA), to which a KOH solution (20 wt %) was added dropwise, under constant pH (10.5) and temperature (80 • C). The precipitate is maintained at 80 • C for 72 h, washed with distilled water and dried in two steps, firstly at room temperature for 48 h and then at 120 • C for 6 h. Finally, the material is calcined at 800 • C for 6 h [75] .
The impregnation of each support with the Ni(NO 3 ) 2 ·6H 2 O solution was also carried out in the Buchi R-114 rotary evaporator at 65 • C, by using suitable amounts of solution for obtaining the metal nominal content in each catalyst. The obtained solid was dried at room temperature for 24 h and subsequently, it was calcined during 2-4 h at the desired temperature (Table 4) . Finally, the catalyst was sieved to the desired particle size (125-250 µm).
The bulk NiAl 2 O 4 spinel catalyst (with 33 wt % Ni) was prepared by auto-combustion from aqueous solutions of Ni(NO 3 ) 2 ·6H 2 O (99%, Panreac, Barcelona, Spain) and Al(NO 3 ) 3 ·9H 2 O (98%, Panreac, Barcelona, Spain), and with urea (CH 4 N 2 O, 99.5%, Sigma-Aldrich, St. Louis, MO, USA) as fuel. A stoichiometric ratio of fuel/metal nitrates was used for avoiding residual non-reacted fuel and/or nitrates. The procedure is as follows: the corresponding amounts of Ni and Al nitrates are dissolved with the minimum amount of distilled water, together with the suitable amount of urea, and the mixture is heated in a heating jacket at 80 • C under continuous stirring, thus forming a dark green gel. At that moment, the stirring is stopped, and the heating jacket power is set to its maximum so that the auto-combustion of the mixture takes place for 1-2 minutes until the fuel is completely consumed. The resulting fine powder is calcined at 850 • C for 4 h (with a heating ramp of 10 • C min −1 ) thus forming the NiAl 2 O 4 spinel.
The Ni-La perovskite-type catalysts (LaNiO 3 and La 2 NiO 4 ) have been synthesized with the same auto-combustion procedure described for the synthesis of the Ni-Al spinel. The Ni(NO 3 ) 2 ·6H 2 O and La(NO 3 ) 3 ·6H 2 O solutions have been used for the synthesis, with suitable proportions for obtaining the required stoichiometry of each catalyst. Both catalysts have been calcined at 700 • C.
All the bulk catalysts were synthetized as powders. For their use in the reforming reactor (in fluidized bed regime), the powdered catalysts were pelletized, ground and sieved for obtaining a particle size between 150-250 µm.
The commercial Ni catalyst (ReforMax ® 330 or G90LDP (Sud Chemie, Madrid, Spain), denoted as G90), has a Ni metal phase supported on Al 2 O 3 , which is doped with Ca, with a NiO content of 14 wt %. It was provided as perforated rings (19 x 16 mm), which were ground and sieved to 125-250 µm.
The fresh catalysts have been characterized with the following techniques: N 2 adsorptiondesorption in an Autosorb iQ2 equipment from Quantachrome (Boynton Beach, FL, USA) for determining the physical properties (BET surface area, pore volume, and mean pore diameter); Temperature Programmed Reduction (TPR) on an AutoChem II 2920 Micromeritics (Norcross, GA, USA) (H 2 -N 2 stream (10 vol % of H 2 ), with a 5 • C min −1 heating ramp from 50 to 900 • C) in order to determine the nature of the Ni species present in the catalyst and the temperature necessary for their total reduction; X-ray diffraction (XRD) on a Bruker D8 Advance (Billerica, MA, USA) diffractometer with a CuK α1 radiation, for determining the metal species in the catalysts prior and after reduction, and also for estimating the average Ni particle size (by using the Scherrer equation).
Temperature Programmed Oxidation (TPO) was used for determining the amount and nature of the coke deposited on the deactivated samples. The analysis was carried out in a TA Instrument SDT 2960 thermobalance (New Castle, DE, USA) (in an air flow of 50 mL min −1 , with a heating ramp of 5 • C min −1 between 150-800 • C), coupled to a mass spectrometer Thermostar Balzers Instrument from Pfeiffer Vacuum (Asslar, Germany) for monitoring the signal corresponding to the CO 2 . The TPO profile was quantified by the CO 2 spectroscopic signal because the Ni oxidation during the combustion masks the thermogravimetric signal [66] .
Reaction Equipment, Experimental Conditions, and Reaction Indices
An automated reaction machine (MicroActivity Reference from PID Eng&Tech, Madrid, Spain) with two units in series (thermal step and catalytic step) was used for the experimental runs which was described elsewhere [15] . Figure 11 shows the scheme of this equipment. The thermal step is a U-shaped tube of stainless steel (at 500 • C) for the controlled deposition of pyrolytic lignin formed by repolymerization of some oxygenates in bio-oil (mainly phenols). In this step, around 11 wt % of the raw bio-oil oxygenate content was deposited as pyrolytic lignin, and the molecular formula corresponding to the bio-oil exiting this step is C 3.8 H 7.7 O 2.9 (water-free basis), which was determined by elemental balances to C, H, and O. The catalytic step is a fluidized bed reactor (of stainless steel with 22 mm internal diameter) where the volatile stream exiting the thermal treatment is reformed. In order to assure a correct fluidization regime in the fluidized bed reactor, the catalyst (with a particle size of 150-250 µm to avoid internal diffusional limitations) is mixed with an inert solid (SiC, with a 37 µm particle size), with inert/catalyst mass ratio >8/1. The different particle size of the inert solid and the catalysts facilitates their separation after the reaction by sieving, which is necessary for the analysis of coke deposition in the deactivated catalyst.
with 22 mm internal diameter) where the volatile stream exiting the thermal treatment is reformed. In order to assure a correct fluidization regime in the fluidized bed reactor, the catalyst (with a particle size of 150-250 μm to avoid internal diffusional limitations) is mixed with an inert solid (SiC, with a 37 μm particle size), with inert/catalyst mass ratio >8/1. The different particle size of the inert solid and the catalysts facilitates their separation after the reaction by sieving, which is necessary for the analysis of coke deposition in the deactivated catalyst. The products stream is analysed in-line with a MicroGC 490 from Agilent (Santa Clara, CA, USA), equipped with four analytic channels: a molecular sieve MS5 for quantifying H2, N2, O2, CH4, and CO; Plot Q for CO2, H2O and C2-C4 hydrocarbons; CPSIL for C5-C11 hydrocarbons (not detected in this study), and; Stabilwax for oxygenated compounds.
The experimental runs were performed under the following reaction conditions: 700 °C; atmospheric pressure; steam/carbon (S/C) molar ratio in the feed, 6, which is obtained by co-feeding water (307 Gilson pump, Middleton, WI, USA) with the raw bio-oil (injection pump Harvard Apparatus 22, Holliston, MA, USA); oxygen/carbon ratio (O/C), 0.34. The O2 is fed at the entrance of the reforming reactor (by means of an air stream) in order to prevent the oxidation of the feed in the thermal step, thus maximizing the H2 yield in the two-step reaction system [76] . A space-time of 0.3 gcatalystsh(gbio-oil) -1 was used in the runs with the supported Ni catalysts. With the bulk catalysts, attending to their different metal content (defined by its chemical structure, being 14.6 wt % for The products stream is analysed in-line with a MicroGC 490 from Agilent (Santa Clara, CA, USA), equipped with four analytic channels: a molecular sieve MS5 for quantifying H 2 , N 2 , O 2 , CH 4 , and CO; Plot Q for CO 2 , H 2 O and C 2 -C 4 hydrocarbons; CPSIL for C 5 -C 11 hydrocarbons (not detected in this study), and; Stabilwax for oxygenated compounds.
The experimental runs were performed under the following reaction conditions: 700 • C; atmospheric pressure; steam/carbon (S/C) molar ratio in the feed, 6, which is obtained by co-feeding water (307 Gilson pump, Middleton, WI, USA) with the raw bio-oil (injection pump Harvard Apparatus 22, Holliston, MA, USA); oxygen/carbon ratio (O/C), 0.34. The O 2 is fed at the entrance of the reforming reactor (by means of an air stream) in order to prevent the oxidation of the feed in the thermal step, thus maximizing the H 2 yield in the two-step reaction system [76] . A space-time of 0.3 g catalysts h(g bio-oil ) −1 was used in the runs with the supported Ni catalysts. With the bulk catalysts, attending to their different metal content (defined by its chemical structure, being 14.6 wt % for La 2 NiO 4 , 23.9 wt % for LaNiO 3 and 33 wt % for NiAl 2 O 4 ), the comparison of their performance was assessed in experiments with the same value of space-time referred to the metal content in the catalyst (0.03 g Ni h(g bio-oil ) −1 ). Prior to the reaction, each catalyst is reduced in situ with H 2 -N 2 stream (10 vol % of H 2 ) for 4 h at a suitable temperature for the reduction of all the Ni species in the catalysts, which was determined through TPR measurements ( Table 4) .
The reaction indices used for the comparison of the kinetic performance of the catalysts include the oxygenates bio-oil conversion, the H 2 yield, and the yield of carbon-containing products, defined by Equations (5) 
where F in and F out are the molar flow rate of oxygenates in bio-oil at the reactor inlet and outlet, respectively, in C units contained; F H 2 is the H 2 molar flow rate in the product stream and F 0 H 2 is the stoichiometric molar flow rate (referred to the C units contained in the bio-oil fed into the reforming reactor); F i is the molar flow rate of each carbon-containing compound (CO 2 , CO, CH 4 , and C 2 -C 4 hydrocarbons, mainly constituted by ethylene and propylene) in C units contained. The H 2 stoichiometric molar flow rate was calculated as (2n + m/2 − k)/n·F in , according to the global stoichiometry for bio-oil steam reforming (SR) (including the water gas shift (WGS) reaction) (Equation (3)).
The flow rates in Equations (5)- (7) have been determined from the C balances with the inlet stream being the bio-oil at the thermal unit inlet (0.08 mL min −1 ) and the outlet stream the reaction products (quantified by gas chromatography) and taking into account the amount of pyrolytic lignin deposited in the thermal unit. Accordingly, a balance closure above 95 wt % is attained, with the relative error (based on replicates) being lower than 4%.
Conclusions
The H 2 production by OSR of raw bio-oil with a wide variety of Ni-based catalysts has been studied by using an experimental equipment with a fluidized bed reactor and with the prior separation of pyrolytic lignin during bio-oil vaporization, thus minimizing operational problems when continuously feeding raw bio-oil. The structure of the catalysts (supported or bulk) and, in the first case, the support composition, significantly affects the deactivation of Ni catalysts by coke deposition and their regenerability. The latter has been studied by means of reaction-regeneration cycles.
Among the Ni supported catalysts (prepared with different Ni contents and supports, and the commercial catalyst G90), the best compromise between activity-H 2 selectivity-stability under OSR conditions follows the order Ni/LaAl > Ni/Ce >> G90 > 15Ni/CeZr > 5Ni/CeZr. This order is directly related to the size of the Ni 0 crystallites of the catalysts, which in turn is highly dependent on the metal-support interaction. Due to the smaller size of the Ni 0 crystallites, the supported Ni/LaAl catalyst also has a better performance than the perovskite-type catalysts LaNiO 3 and La 2 NiO 4 and that spinel NiAl 2 O 4 .
The TPO analysis for the catalysts reveals two different types of coke: (i) a combustion peak that burns at low temperature, which is an amorphous and encapsulating coke that blocks the Ni active sites, thus causing a rapid deactivation, and; (ii) a peak at high temperature, which is a structured coke, deposited on the support and with lower impact on deactivation. The encapsulating coke is the majority fraction, whose content decreases in the order Ni/Ce > Ni/LaAl (which is opposite to the stability order), and whose combustion temperature depends on the nature of the support, in the order Ce < LaAl, influenced by the good redox properties of CeO 2 , that promotes the combustion/gasification of this type of coke. These properties also hinder the formation of structured coke, whose content is only noticeable for the Ni/LaAl catalyst.
The coke combustion with air in the 600-650 • C range allows for the total removal of coke but it is not efficient for the recovery of activity for the Ni catalysts used, which evidences additional deactivation causes, such as Ni sintering, and/or the loss of active metal during the regeneration treatment. The regeneration in an external oven at 850 • C of the NiAl 2 O 3 spinel prepared by auto-combustion favours the reconstruction of the spinel and the redispersion of Ni in the subsequent reduction step, avoiding the loss of Ni in the regeneration. Consequently, this NiAl 2 O 3 spinel catalyst is suitable for performing the OSR of bio-oil to a larger scale in reaction-regeneration cycles.
